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Hollow fiber MFI zeolite membranes were modified by catalytic cracking deposition of methyldiethoxysilane to enhance
their Hy/CO, separation performance and further used in high temperature water gas shift membrane reactor. Steam
was used as the sweep gas in the MR for the production of pure H». Extensive investigations were conducted on MR
performance by variations of temperature, feed pressure, sweep steam flow rate, and steam-to-CO ratio. CO conversion
was obviously enhanced in the MR as compared with conventional packed-bed reactor (PBR) due to the coupled effects
of H, removal as well as counter-diffusion of sweep steam. Significant increment in CO conversion for MR vs. PBR was
obtained at relatively low temperature and steam-to-CO ratio. A high H, permeate purity of 98.2% could be achieved
in the MR swept by steam. Moreover, the MR exhibited an excellent long-term operating stability for 100 h in despite of

the membrane quality. © 2015 American Institute of Chemical Engineers AIChE J, 61: 3459-3469, 2015
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Introduction

Hydrogen energy has attracted worldwide attention in last
decades for its combined advantages of high energy transfer-
ring efficiency and zero pollution emission. Water gas shift
(WGS, CO+H,0-CO,+H,, AH = —41.4 kJ mol ') reaction
is a critical process for H, production from fossil fuels or bio-
fuels. The reaction is reversible and exothermic, thus it
requires a two-step operation including high temperature shift
(HT-WGS, 300—450°C) and low temperature shift (LT-WGS,
150-300°C) to achieve high reaction rate and deep conversion.
However, this process has some drawbacks such as complex
operating, large catalyst volumes and high steam recycling.'?
Recently, a membrane reactor (MR) integrating the reaction
with product separation using a hydrogen-selective membrane
has been considered as an alternative strategy to optimize the
process. The WGS MR exhibits great potential to fulfill one-
step operation for deep CO conversion by immediate removal
of hydrogen from reaction system.3 -7

In the last two decades, a couple of hydrogen-separating
membranes have been investigated for WGS reaction. Pd-
based MRs>* have been widely considered because H, selec-
tivity of Pd-membrane is extremely high. However, it would
be hardly to spread the application of Pd-based membrane in
large scale due to high cost of palladium. Compared to Pd-
based dense membrane, microporous ceramic membranes pro-
vide advantages of relatively low cost and good tolerance for
H,S and CO. Silica membranes have been found to exhibit
high selectivity for separation of H,/CO, mixture.® But the
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improvement of hydrothermal stability at HT is still a chal-
lenge for the membranes to be applied in practical WGS reac-
tion system. Crystalline MFI zeolite membranes, possessing
excellent thermal and chemical stabilities, have been studied
for hydrogen separation in recent years.'®'® As the zeolitic
pore size (~0.55 nm) is larger than both kinetic diameters of
H, (~0.29 nm) and CO; (~0.33 nm), pore modification was
performed to fit H,/CO, separation. Masuda et al.'® proposed
a catalytic cracking of silane method by preloading silane in
zeolite channels at saturation level and then decomposing it at
550°C in air. A significant increase in H,/N, separation factor
up to 100 was obtained after the modification. However, a
large reduction in H, permeance was found at the same time
due to the excessive deposition of SiO,. To avoid excessive
deposition, we proposed an on-stream modification for MFI
zeolite membrane by catalytic cracking deposition (CCD) of
methyldiethoxysilane (MDES)."' H" ion exchange on MFI/a-
Al,O3 membranes was used to provide more active sites for
CCD, which produced a modified MFI zeolite membrane with
a H,/CO, separation factor of 42.1 at 500°C.'¢ We further
modified hollow fiber type MFI zeolite membranes which pro-
vided high packing density (>800 m? m ™) and low fabrica-
tion cost. They also showed an excellent H,/CO, separation
performance and good tolerances under steam and H,S atmos-
pheres,17 which seemed more suitable for WGS reaction con-
sidering the practical application in the future. In our previous
work, a hydrogen-separating MFI zeolite membrane packed
with CuO/ZnO/Al,O5 catalysts was applied in LT WGS MR,
showing an obvious increment in conversion compared to a
conventional packed bed reactor (PBR).18

Until now, most researchers used inert gases (such as He
and N,) to sweep the permeated hydrogen in WGS MRs.
Therefore, a secondary separation is required to obtain pure
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hydrogen. Evacuation by pump is an alternative to the sweep-
ing operation, but it means high energy consumption. In this
work, steam was first used as sweep gas in hollow fiber MFI
zeolite MR for pure H, production through HT-WGS mem-
brane reaction. Extensive investigations on the membrane sep-
aration as well as the catalytic process were performed for
better understanding the integration process and H, permeate
purity. Long-term stability of the tested membranes in the
WGS reaction was also investigated to evaluate the feasibility
of the process for practical application in the future.

Experimental
Membrane preparation and modification

MFI zeolite membranes were prepared on o-Al,O3 hollow
fiber supports by in situ crystallization. The hollow fiber sup-
ports had 1.D./O.D. of about 1.8 mm/0.8 mm, an average pore
size of 500-600 nm and porosity of 31-33%. The synthesis
precursor was prepared by mixing sodium hydroxide (99.99%,
Aldrich), tetrapropylammonium hydroxide solution (TPAOH,
1M, Aldrich), fumed SiO, (99.98%, Aldrich) and deionized
water at 80°C. The molar composition for the synthesis solu-
tion was 1(TPA),O: 6.66SiO,: 0.35Na,0: 92.2H,0. Hydro-
thermal crystallization was carried out at 180°C for 5 h. The
synthesized membranes were calcined in air at 450°C for 8 h
for template removal.

For modification, a hollow fiber MFI zeolite membrane was
mounted in a stainless steel cell. An equimolar H,/CO, feed
gas (40 mL min ") mixed with helium stream (5 mL min ")
carrying MDES (Alfa Aesar) vapor (0.72 kPa) was introduced
to membrane side of hollow fiber membrane, while another
helium stream with a flow rate of 30 mL min~ ' was used to
sweep the support side. CCD of MDES was operated at 500°C
for 1-2 h and both sides were controlled at atmospheric pres-
sure. Detailed synthesis procedure and modification for hollow
fiber MFI zeolite membranes can be found in our previous
publication.'’

The permeance P,, (mol m 2
membrane was calculated by

where J is permeation flux through membrane, mol m s L
Ap is the partial pressure difference between both sides of the
membrane, Pa.

The ideal selectivity (S;;) for component i over j is calcu-
lated from the single gas permeances of i (Py, ;) and j (Py, ;) by

Sifj = Pm.i/Pm; )
The separation factor (o;/;) for component i over j is given by

(yf/y.f)permeate
(yi /yj) retentate

s~ ! Pa~ ') through zeolite

oy = ()

where y; and y; are, respectively, mole fraction of 7 and j for
permeate or retentate.

It has been reported that the permeance of a nonadsorbing
or weak adsorbing small gas molecules through MFI zeolite
membranes can be described by the following equation19

0.5
q)é 8 _Ed
P =" R— 4
™ (nM,»RT) exP( RT) @

where P, ; is the single gas permeance (mol m Zs 'Pa )R
is the gas constant (J mol ! K_l), L is the thickness of the
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zeolite membrane layer (m), 7 is the temperature in kelvin
(K), Eg4 is the activation energy for gas permeance through the
MFI zeolite membrane (J molfl), ¢ is the ratio of the mem-
brane porosity to tortuosity, M; is the molecular weight of the
permeating gas (g mol '), & is about 1 nm for diffusion in a
MFI-type zeolite, and z is the diffusion coordination number
(4 for a MFI-type zeolite).

Membrane reaction

Figure 1 shows schematic diagram of the experimental
apparatus for HT-WGS membrane reaction. A modified hol-
low fiber MFI zeolite membrane was mounted in a stainless
steel reactor and put in a furnace. The membrane had an effec-
tive length of 6 cm with active membrane area of 3.4 cm?.
One end of the membrane was sealed by high temperature
glue (HT2712, Huitian New material Co.) and the other end
was connected to permeate side. 0.5 g commercial Fe,O3/
Cr,05/Al,05 catalyst (2040 mesh, BET area: 88.12 cm? gfl,
Nanjing Catalysts Company) was packed in the shell side of
MR, which was fed with a gas mixture of 33.3%C0/66.7%H,
and preheated steam. A glass capillary tube was inset into the
lumen of the hollow fiber for introducing sweep gas. When
using steam as sweep gas, the steam gas was generated from
liquid water plugged by a micro pump (2ZB-1L10, Beijing
Weixing) and then preheated via heat-exchange with the hot
downstream from the MR. Both gas flow rates of N, and steam
was varied between 0-25 mL min~'. The feed side was con-
trolled at an absolute pressure between 0.1-0.15 MPa while
the permeate side was maintained at atmospheric pressure.
The WGS reaction was operated at 300-450°C. After dehu-
midification by a water trapper, the reaction products were
analyzed by a gas chromatograph (GC-2014, Shimadzu)
equipped with a thermal conductivity detector and a packed
column of Hayesep DB (Alltech). Methane (20 mL min~ 1)
was used as an internal standard for composition analysis. The
CO conversion (ycg) for WGS reaction was calculated by Eq.
5 on basis of the CO feed flow rate (Fcg;,, mol s ") and the
molar rates of CO in permeate side (Fq p,, mol s ") and reten-
tate side (Fg,, mol s ) the H, recovery (Ry,) for MR was
calculated by Eq. 6 based on the flow rate of H, in retentate
side (F'y,,r, mol sfl) and the molar rate of H, in permeate side
(Fy,,p, mol s 1; the H, purity (Py,) in the permeate side was
calculated by Eq. 7 based on the permeated H,, CO, and CO,
flow rates (Fy, p, Fcop, and Fcoy p, mol s_])

Foo +F
Teo = | 1- =522 O ) % 100% 6))
FCOin
Fy
Ry, = ——22  X100% 6
e FH27P+FH2~T ‘ ©
FH:-P

PH7 =
© Fu,ptFcoptFco,p

X100% @)

Kinetic ~ Equation. The equilibrium CO conversion
(Xco, ¢) Was determined by equilibrium constant (K.) based
on the following equation

Ycoe(2txcoe)
(1= Xco.e) (Ru,0/co~ Xco.e)

=K. ®)

where Ry,0/co 1s feed steam-to-CO ratio and K. is given
py202!
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Figure 1. Schematic diagram of hollow fiber MFI zeolite membrane reactor for HT-WGS reaction swept by steam.
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The WGS kinetic rate equations on basis of the Power Law
equation21 were simulated and solved numerically via stand-
ard fourth order Runga—Kutta algorithm using Visual C++
6.0 software

B 64063.5 _ Pco,Pu
—Reo=—10 3.8sexp<_ )p0.9p0.5 » ?.6 1— ,PH,
RT coPu,oPu, KebcoPro
(10)
Ke: pCOZPHZ (11)
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where R is the reaction rate (mol gcm_l s 1); K, is the WGS
reaction equilibrium constant calculated by Eq. 9; p; is the
partial pressure of component #; R is the gas constant (8.314
Jmol ' K™Y, T'is the temperature in kelvin (K).

Membrane Reaction Model. The hollow fiber MR in this
study was described as a simple one dimension plug-flow reac-
tor.”> Some assumptions were considered: (1) isothermal
steady-state operation; (2) no side reactions; (3) negligible
pressure drops across the retentate and permeate; and (4) ideal
gas behavior.

The membrane reaction is described by the following mass
balance equation

1

dF;
Feed side : — = Zn(Dz—dz)pcatvf%i—nde,[Api

i (12)

dO:
Permeate side : % = ndPn iAp; (13)
where F; and Q; are the molar flow rate on the feed and perme-

ate sides, respectively (mol s 1; 1 is the reactor length (m);
D and d are the inner diameter of the reactor tube and outer
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diameter of the hollow fiber membrane, respectively (m);
Pear 18 the packing density of the Fe,O3/Cr,03/Al,05 catalyst
6.5 X 10° eat m ), v; is the stoichiometric coefficient; P, ;
represents the gas permeance of specie i under specific experi-
mental operation; Ap; is the partial pressure difference of
specie i between the feed side and permeate side (Pa).

Result and Discussion
Gas permeation

Figure 2 shows SEM images of a hollow fiber MFI zeolite
membrane before and after CCD modification. A well-
intergrown zeolite film with a thickness of 4 um was formed
on the outer surface of hollow fiber substrate (Figures 2a, b).
No obvious difference was found on the morphology of mem-
brane surface before and after modification (Figures 2c, d). N,
and steam were separately used as sweep gas to test H,, CO,,
and CO single gas permeations for comparison. The sweep gas
flow rate was controlled at 25 mL min~'. Figure 3 illustrates
single gas permeation results of two modified membranes (M1
and M2) swept by N, and steam at different temperatures. We
can see that H, permeance increased gradually with the tem-
perature in a manner of activated diffusion although the mem-
branes had different H, selectivities. On basis of Eq. 4, the
calculated activated diffusion energies of M1 and M2 were
6.89 and 6.91 kJ mol ', respectively. The similar result could
be owed to their similar membrane configuration. Conversely,
the permeances of larger molecules (CO and CO,) decreased
initially and then climbed up with the elevated temperature.
This phenomenon implied that the dominant permeation
mechanism for CO and CO, changed from surface diffusion at
lower temperature to activated diffusion at higher tempera-
ture.'” Although having lower H, permeance, M2 offered a
higher H,/CO, permselectivity than M1. When using N, as
sweep gas, M2 had a H,/CO, permselectivity of 36.9 while
M1 had a value of 9.7 at 450°C. The result implied that M2
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(c) before and (d) after modification.

had a better quality for MFI zeolite membrane layer, which
was helpful for modification. Moreover, the minimum perme-
ances of CO, and CO curves for M2 were observed at lower
temperature compared to M1, suggesting that M2 had less
amount of small intercrystalline defects. Similar phenomenon
was found by Zhu et al.,'* who investigated the effect of mem-
brane quality on modification performance. They suggested
that the MFI zeolite membrane with fewer defects could be
effective for enhancing H,/CO, separation factor. When using
steam as sweep gas, we found decreases in permeances for all
the three gases (H,, CO, and CO,). Tang et al.>> suggested
that gas permeation through modified MFI zeolite membrane
could be inhibited by the counter-diffusion of sweep gas from
the opposite side of the membrane. As a small and strong
absorbing molecule, H;O was thought to bond on Si—OH
groups which existed in MFI zeolite channel surfaces at LT.>*
However, when the temperature was high enough (especially
above 300°C) that the absorbing capacity of H,O in zeolite
channels decreased and even disappeared, H,O would appear
a strong temperature-sensitive activated diffusion due to its
high permeation diffusivity and low activated diffusion energy
as related to its small diameter size (0.28 nm) and light mole-
cule mass.'”? The steam sweep gas diffusing back through
membrane pores was considered to make a hindrance for other
gas permeation. The extent of reduction in gas permeance
caused by steam sweep gas increased with the molecule size
of permeating gases (i.e., the gas permeance of M2 swept by
steam was about 45.4, 32.2, and 18.5% of that swept by N, for
H,, CO,, and CO, respectively). Namely, the steam sweep gas
led to increases in H, permselectivities for the membrane. At
450°C, M1 had a H,/CO, and H,/CO permselectivities of 10.3
and 12 while M2 had values of 52 and 78.8. The difference
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Membrane
Layer

between the increases in H, permselectivities for the mem-
branes could be explained by that the hindrance effect caused
by steam was more prominent in narrow pores (such as zeo-
litic pore) rather than larger pores (such as small intercrystal-
line defect). Namely, it hindered gas permeations more
significantly for the membrane with better quality.

Membrane reaction

Effect of Composition of N,-Steam Mixed Sweep Gas. The
membranes M1 and M2 were used in HT-WGS reaction with
0.5 g Fe;03/Cr,05/Al,05 catalyst loading for H, production.
The reactions were operated at temperatures ranging from 300
to 450°C and the permeate side was kept at atmospheric pres-
sure. The membrane reaction was first carried out using a Nj-
steam binary mixed gas as sweep gas. The steam content of
the sweep gas mixture was varied by changing the liquid water
flow rate meanwhile the total sweep gas flow rate was main-
tained at 25 mL min~ ' constantly. The gas hourly space veloc-
ity (GHSV) and feed steam to CO ratio (Ry,0/co) Was fixed at
1800 Ly gear 'h™ ' and 1.25, respectively. As shown in Figure
4, M1 provided a higher y-o than M2 under the same condi-
tion due to its higher H, permeance and thus larger amount of
H, removal from the reaction system. When using pure steam
as sweep gas, the CO conversions in M1 and M2 (73.6 and
70.9%) were a little lower than those swept by pure N, (76.1
and 73.1%) but also noticeably higher than the CO conversion
in PBR (63.4%). As shown in Figure 5, the sweeping steam
not only removed H, from the reaction system but also
brought in a counter-diffusion toward the reaction side. Both
effects were positive for improving the reaction kinetic. We
also noted that the steam diffusion made a hindrance effect on
the H, permeation at the same time, which resulted in a less
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Figure 6. Temperature dependence of CO conversion,
H, recovery and permeate purity for the
HT-WGS MR using M1 (a) and M2 (b) (operat-
ing conditions: GHSV=1800 Ly kgc.:™' h™7,
Ru,0= 1.25, Fyy,0=6.25 mL min™").

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Effect of Reaction Temperature. In comparison with MR,
we investigated a conventional packed-bed reactor (PBR)
using the similar feed conditions. As shown in Figure 6, both
M1 and M2 exhibited higher CO conversions than PBR, espe-
cially at LT. As the temperature increased, both conversions in
PBR and MR increased initially due to the improved kinetic
rate and then declined due to the thermodynamic limit. At
400°C, the maximum conversions for M1 and M2 were
achieved to be 71.2 and 71.1%, respectively, while the conver-
sion in PBR was 70.6%. For M1, the increment in y-o for MR
vs. PBR decreased from 15.7 to 1.2% as the temperature
increased from 300 to 450°C. The result implied that reaction
equilibrium could be a key factor for the reaction system to
affect the conversion increment.”® At LT, the kinetic-limiting
conversion was markedly enhanced by H, removal from the
reaction system and H,O counter-diffusion from the permeate
side. However, when come to HT where the conversion was
limited by the equilibrium, slight variation took place in the
conversion due to the thermodynamic state which was related
to the feed flow composition.18 When the temperature climbed
up from 300 to 450°C, the Ry, for M1 increased from 6.1 to
7.3% while M2 increased slightly from 3.4 to 3.6%. We also
noted that the dependency of Py, as a function of temperature
was similar to the trend of CO conversion. The increase in Py,
at lower temperatures was attributed to the increase of H, sep-
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aration selectivity with temperature. It was not clear that the
further decrease in Py, when the temperature was further
increased. Smart et al.?” found that the H, permeate purity for
microporous silica membrane increased with the feed H, con-
centration in H,/CO, gas mixture. We speculated that the fur-
ther decline in conversion from 400 to 450°C resulted in a
reduction in H, partial pressure and increases in CO, and CO
partial pressures in the retentate side, which were considered
to be negative for the H, permeate purity.

Effect of Feed Pressure. As WGS reaction has no varia-
tion of mole number, the equilibrium conversion is independent
of the reaction pressure in PBR.>® However, high H, pressure
drop through the membrane is in favor of H, permeation in
MR, which is helpful for CO conversion. One method to
achieve this is to increase the feed pressure. From mechanical
viewpoint, it is noteworthy that the pressure gradient between
the lumen and shell side of the ceramic hollow fiber membrane
should not be very high to avoid membrane breaking. We inves-
tigated the CO conversion, H, recovery and H, permeate purity
under a feed pressure of 0.15 MPa (absolute pressure) in com-
parison with atmospheric pressure while the GHSV, Ry,0/co
and sweep steam flow rate (Fp,0) was fixed at 1800 Ly gcal_l
h™" and 1.25, respectively. As shown in Figure 7, Ry, was
noticeably enhanced at higher feed pressure due to the enlarged
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Figure 7. Effect of feed pressure on CO conversion, H,
recovery and permeate purity for the HT-WGS
MR using M1 (a) and M2 (b) (operating condi-
tions: Ry,0=1.25, GHSV =1800 Ly kgca: ' h™7,
Fi,0=6.25 mL min™").

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 8. Effect of sweep steam flow rate on CO con-
version, H, recovery and permeate purity
for the HT-WGS MR using M1 (a) and M2
(b) (operating conditions: T=350°C, GHSV=
1800 Ly kgcat 'h™", Ru,0/c0=1.25).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

H, pressure drop through the membrane which promoted the H,
permeation. Owing to the enhanced amount of H, removal
from the reaction system, high feed pressure was effective for
enhancing the conversion, especially at LT. We also noted that
the both increments in conversions for M1 and M2 were very
slight at 450°C. It seemed that the feed pressure significantly
influenced the reaction kinetic but made a slight effect on the
equilibrium state. Similar phenomenon was also observed by
Kim et al.,?® who carried out a disk-shaped MFI membrane for
WGS reaction and found a slight increment in CO conversion
by increasing the feed pressure. Moreover, an increase in feed
pressure also resulted in enlargement of the inlet steam partial
pressure in the feed side. The H,O counter-diffusion toward the
reaction system was weakened for the reduction of driving force
through the membrane. Conversely, the Py, was found to
decrease with the feed pressure. The decrease was more signifi-
cant for M1 as compared with M2. This could be due to that
more components from reaction system permeated unselec-
tively through intercrytalline defects of membrane layers at
higher feed pressure.

Effect of Sweep Steam Flow Rate. Other methods for
increasing H, pressure drop are decreasing the permeate
chamber pressure by vacuum mode or sweep gas. Vacuum
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Figure 9. Effect of Steam to CO feed ratio on CO con-
version, H, recovery and permeate purity for
the HT-WGS MR using M1 (a and b) and M2
(c and d) (operating conditions: GHSV=1800
Ly kGcat ' h™', Fi,0=6.25 mL min™").
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 10. Calculated CO conversion in MR for M1 (a)
and M2 (b) as a function of temperature
and feed pressure (operating conditions:
GHSV=1800 Ly kgcat ' h™', Fy,0=6.25 mL
min_1, RH20/00=1-25)-

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

mode is not encouraged for its high energy consumption. The
sweep steam flow could dilute the H, partial pressure in the
permeate side and thus promote the H, removal from the reac-
tion system. Figure 8 shows the effect of sweep steam flow
rate on CO conversion, H, recovery and H, permeate purity in
MR. The reactions were conducted under GHSV=1800 Ly
gcaflh71 and Ry,0/c0=1.25. As expected, M1 offered a
higher conversion than M2. But M2 had a better Py, than M1
due to its better H, separation selectivity. When the sweep
steam flow rate was 6.25 mL min~ !, M2 exhibited a high H,
permeate purity of 98.2% while its CO conversion was 66.9%.
By contrast, M1 showed a lower Py, of 90.3% and a little
higher 3o of 69.8%. It can be also seen from the figure that
the sweep steam flow rate made a negative effect on H, recov-
ery, falls of less than 0.5% and about 1.5% in Ry, occurred for
M1 and M2, respectively. We suggest that high sweep steam
flow rate on one hand brought about reduction in permeated
H, partial pressure but on the other hand led to increase in
steam partial pressure in the permeate side, which resulted in a
counter-diffusion of steam that had a suppressive effect on H,
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permeation. It is noteworthy that the Py, also decreased with
the sweep steam flow rate. When the sweep steam flow rate
climbed from 6.25 up to 25 mL minfl, falls of 7.3% and 3.5%
occurred in the Py, for M1 and M2, respectively. As similar
with increasing feed pressure, such declining behavior of Py,
was followed by the enhanced permeations through the non-
zeolitic pores. To achieve high H, permeate purity, the sweep
steam flow rate was controlled at 6.25 mL min " in the further
study.

Effect of Steam-to-CO Feed Ratio. It is well known that
Ru,0/CO could influence the reaction rate, equilibrium con-
version and H,O pressure drop through the membrane in WGS
MR. High steam to CO ratio favors high CO conversion in
PBR but it also demands a lot of vaporization heat. Here, we
investigated the effect of Ry,0/co on CO conversion, H,
recovery and H, permeate purity for MR at 350 and 400°C. As
shown in Figure 9, the Ry, decreased continuously with the
Ru,0/co- It can be explained that although high steam/CO ratio
forwarded the reaction and generated more amount of hydro-
gen, the H, partial pressure in the feed side decreased

1000
90.0C
80.0C
70.0C
80.0C
50.00

40.0C
- 30.00

20.0C
10.0C
0.00C

Figure 11. Calculated CO conversion in MR for M1 as a
function of membrane length and catalyst
load under feed pressure of 0.1 MPa (a) and
1 MPa (b) (operating conditions: T=350°C,
Fu,0=6.25 mL min~", Ry,0/c0=1.25).

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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Figure 12. Long term stability in HT-WGS reaction for the modified hollow fiber MFI zeolite membranes: M1 (a and
b) and M2 (c and d) (operating conditions: T=400°C, Ry,0=1.25, GHSV=1800 Ly kgeat™' h77,

Fy,0=6.25 mL min™").

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

significantly due to the dilution by steam. The reduced pres-
sure drop of H, would lead to less amount of H, removal from
the reaction system through the membrane. It can be also seen
from the figure that the . in MR increased with the Ry,o/co,
which was similar to PBR. It was found that the CO conver-
sion for MR was very close to that for PBR at 400°C, while
obvious increase in CO conversion for MR vs. PBR was
achieved during the whole range of steam to CO feed ratio at
350°C. This was because the enhancement by MR was more
significant when the CO conversion largely deviated from
equilibrium conversion. We noted that the increment in CO
conversion for MR vs. PBR decreased with the steam/CO
ratio. Similar phenomenon was also found in our previous
work.'® Due to reduced H, removal, the WGS enhancement
by MR was weakened accordingly. As shown in the figure, the
Py, decreased gradually with the Ry,o/co. We speculated that
H,O had more affinities to CO, than H,.>> When the steam
partial pressure in the feed side increased, more H,O mole-
cules would stay in the zeolite channels on the feed side,
which could be helpful for CO, permeation. Thus, the H,
selectivity as well as H, permeate purity decreased.

Grid-scale simulation

From Figures 6-11, it is clearly seen that the modeling results
agree well with the experimental data, indicating high reliability
of the parameters used in this model. We predicted the WGS
reaction performance in a wide condition region based on the
model calculation. Figure 10 presents a simulation result of the
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Zco as a function of two-dimensional parameters of temperature
and feed pressure for M1 and M2. The yco increased and
tended to plateau as the feed pressure increased. It was interest-
ing to find that the yco for M2 turned to surpass that for M1
when the feed pressure was above 0.4 MPa and the temperature
was below 340°C. This could be ascribed to more reactants per-
meating through M1 with low selectivity under such high feed
pressures, indicating that high quality membrane is crucial to
high CO conversion in the MR under high feed pressure. The
highest yco for M1 and M2 were achieved to 88 and 92.2%,
respectively, at 300°C under a feed pressure of 2 MPa.

To achieve high reaction efficiency, it is of great importance
to optimize the membrane area matching with catalyst load.
Figure 11 demonstrates the calculated y-o for M1 as a func-
tion of membrane length and catalyst load under feed pres-
sures of 0.1 and 1 MPa, respectively. It is well known that
large catalyst load favors high CO conversion. As shown in
the figure, when operated under low pressure, the ycq
increased dramatically as the catalyst load increased from 0.1
to 0.5 g, where the conversion was determined by the kinetic
rate. The ycq tended to plateau when further increase catalyst
load, indicating an equilibrium state achieved. The jcq
increased slightly when the membrane length was prolonged
due to more H, removed. By contrast, when operated under
high pressure of 1 MPa, the yco even decreased slightly with
the membrane length. This phenomenon could be attributed to
that the amount of unreacted reactants permeating from the
reaction system was considerable at high feed pressure.
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Long-term stability of membrane reaction

In our previous work,!” we demonstrated that the modified
hollow fiber MFI zeolite membranes exhibited excellent sta-
bility in the separation of H,/CO, containing steam and H,S
atmospheres. Here, we evaluated the long-term stability of the
modified MFI zeolite membrane used in WGS reaction swept
by steam. The permeate H,, CO and CO, flow rates were
tested at 400°C and Ru,0/c0=1.25 under GHSV=1800 Ly
gcaflhfl. It can been seen from Figure 12 that the permeate
gas fluxes varied very slightly during one hundred hours reac-
tion in despite of the membrane quality, indicating that the
modified MFI zeolite membranes could generate a high-purity
and stable H, permeate product which was not affected by
sweeping steam during the WGS reaction. The ycq and Ry,
for both membranes were stable as well during the whole
operation. M1 maintained a ycq of ~72% and Ry, of ~6%
while M2 had steady values of ~71% and ~4%. For other
reported hydrogen-selective membranes, Pd alloy membranes
have been evaluated to be good stability in HT-WGS reaction
but insufficient in high CO content or trace H,S atmos-
pheres.3 9 Silica membranes have exhibited stable H,/CO, sep-
aration performance at HT but there has been few result about
their long-term continuous reaction stability under HT-WGS
system containing high content of vapor.9'31734 Up to now, we
have not yet found any other report on the WGS MR which
was conducted using steam as sweep gas to acquire high-
purity H, product. So we believe it is great potential for MFI
zeolite membrane to be applied in pure H, production in the
future.

Conclusions

Hollow fiber type MFI zeolite membranes were modified
with CCD of MDES to enhance H, permselectivity over CO,
and then carried out in HT-WGS reaction. We have demon-
strated that a significant increment in CO conversion and
high H, permeate purity was achieved in MR using steam as
sweep gas. A high conversion of 73.6% was obtained in MR
at 350°C, which was higher than that in PBR (63.4%). Mean-
while the H, permeate purity was 98.2%. The H, permeate
purity was found high on the membrane with better H, sepa-
ration performance and under conditions of low sweep steam
flow rate, feed pressure and steam-to-CO. Based on the mod-
eling results, it is possible to achieve a high conversion in
MR under the optimum condition. The modified hollow fiber
MEFI zeolite membrane showed about 100 h long-term stabil-
ity during WGS reaction. The challenge for the modified hol-
low fiber MFI zeolite membrane was its relatively low H;
permeance, which could be overcome by increasing the
packing density. We also attempted to prepare hydrogen-
selective MFI zeolite membrane on high-strength hollow
fiber supports to enhance mechanical property of the mem-
brane, which is ongoing in our lab. In a word, it is great
potential for hollow fiber hydrogen-selective MFI zeolite
membranes to be applied in pure hydrogen generation via
WGS reaction.
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